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Abstract

Dispersion-free solvent extraction of gold(I)(Au(CN)2
−) from alkaline cyanide media was performed using porous hydrophobic hollow

fibers with mixtures of membrane extractants. The organic extractant used for gold(I) extraction was LIX79 (N,N′-bis(2-ethylhexyl)guanidine)
alone and a mixture of trioctylphosphine oxide(TOPO) + LIX79 diluted withn-heptane. The mixture of LIX79+ TOPO affords a better
performance than LIX79 alone. It took 300 s to extract more than 95% gold with equimolar LIX79+ TOPO (0.125 M), whereas pure
LIX79 (0.375 M) took 1860 s to reach the same percentage level of gold extraction (over six times slower). The mass transfer coefficient’s
(KE

Au) value was around four times higher with the equimolar mixture of 0.125 M LIX79+ 0.125 M TOPO than with LIX79/n-heptane
alone. Extraction of Au(CN)2

− from alkaline cyanide solutions with TOPO alone was also observed, indicating that gold(I) complexation
takes place probably by a solvation reaction mechanism(M+ · · · Au(CN)2 · Sn). A model is presented which describes the extraction
mechanism, indicating different rate-controlling steps. The validity of this model was evaluated with experimental data and was found to
tie in well with theoretical values.
© 2003 Published by Elsevier B.V.
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1. Introduction

Gold recovery from various cyanide solutions is achieved
in the gold mining industry by employing a commercial
process which is based on the initial leaching of ores with
cyanide solutions combined with a step consisting in gold
cyanide adsorption with activated carbon. A lack of selec-
tivity is found while using activated carbon in the presence
of mixtures of other metal cyanides[1]. Therefore, in recent
years, research efforts have been made to replace activated
carbon with other alternative techniques that are capable of
overcoming these difficulties. In this direction, membrane
extraction processes using porous hollow fibers are of partic-
ular interest because of their versatility and the fact that they
overcome problems encountered in the conventional gold
process using activated carbon. Dispersion-free membrane
extraction (DFMEX) is simply a liquid–liquid extraction
in a hollow fiber contactor in which aqueous and organic
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streams flow through the capillary shell side and come
into contact at the pore mouth without dispersion, which
minimizes the possibility of emulsion/third phase or crud
formation with the extractant. The viability, advantages,
disadvantages and potential of this technique are already
described in detail in our recently published chapter[2] and
by Gableman and Hwang in their comprehensive review on
hollow fiber contactors[3]. In addition, application-oriented
studies for gold recovery from hydrometallurgical alkaline
solutions were carried out by our research group, with LIX79
(N,N′-bis(2-ethylhexyl)guanidine) dissolved inn-heptane
system using the integrated membrane process (IMP) with
two modules (more details of this process are provided in
Section 2) [4] and in batch mode using one module (extrac-
tion and stripping separately) (more details of IMP and batch
process are provided inSection 2) [5]. Furthermore, studies
conducted with LIX79 alone resulted in poor selectivity
towards cyanide salts of zinc and silver[6–8]. As suggested
by Mooiman and Miller[9–11], the addition of organophos-
phorous compounds such as tri-n-butylphosphate (TBP),
trioctylphosphine oxide (TOPO) or dibutylphosphate (DBP)
to LIX79 can improve the amine-based system for the ex-
traction of gold cyanide solution. Therefore, the hollow
fiber-supported liquid membrane configuration was checked
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Nomenclature

C metal concentration (g/cm3)
d diameter of one fiber (cm)
di inner fiber diameter
dlm logarithmic mean diameter of one fiber
do outer fiber diameter
Dh hydraulic diameter (cm)
Dm diffusion coefficient of metal complex in

membrane
Ds diffusion coefficient of solute on shell side
Dt diffusion coefficient of solute on tube

side (cm2/s)
H partition coefficient of extraction and

stripping
ke mass transfer coefficient of organic (cm/s)
kf mass transfer coefficient of aqueous

feed (cm/s)
ki rate of interfacial reaction at surface (cm/s)
km membrane mass transfer coefficient (cm/s)
ks organic mass transfer coefficient (cm/s)
kst mass transfer coefficient for stripping

(cm/s)
Kex extraction constant
KE

Au, KS
Au overall mass transfer coefficients for ex-

traction and stripping, respectively (cm/s)
L fiber length (cm)
NGz Graetz number (NGz = d2υ/DL)
NRe Reynolds number for feed (NRe = υd/η)
NSc Schmidt number (NSc = η/D)
NSh Sherwood number for tube side

(NSh = kf di/Dt) and shell side
(NSh = ksDh/Ds)

Q flow rate (cm3/s)
r hollow fiber radius (cm)
r lm logarithmic mean radius of lumen (cm)
[Rorg] concentration of organic extractant

(LIX79)
R0

m, R0
f , fractional resistance due to membrane,

R0
s, R

0
i , feed, solvent, interfacial reaction and

R0
st stripping, respectively

Rm, Rf , resistance due to membrane, feed, solvent,
Rs, Ri, Rst interfacial reaction and stripping,

respectively (S/cm)
[Sorg] concentration of organic extractant

(TOPO)
tm thickness of the fiber membrane (cm)
Ve volume of organic tank (cm3)
Vf volume of feed tank (cm3)
Vm volume of hollow fibers (cm3)
Vs volume of stripping tank (cm3)

Greek letters
β shell side constant
ε porosity

ηs viscosity of organic solution (cP or g/cm s)
ηt viscosity of aqueous feed/stripping solution

(cP or g/cm s)
τ tortuosity of the membrane
υf or υt velocity of liquid on fiber side (cm/s)
υs velocity of liquid on shell side (cm/s)
φ packing fraction of HF module

Superscript
0 refers to the concentration at time zero

Subscripts
e/s for extract/strip
f feed
i for inner radii
m membrane
o for outer radii
s strip side or shell side
t tube side

with Au(I) from alkaline cyanide media using a mixture of
LIX79+TOPO as extractant[12]. Although the results were
consistent with the operating conditions and stability of the
system, high flow rates (to obtain high mass transfer) could
not be used due to the impregnation mode, which could
force the organic extractant out of the pore. Therefore, to
obtain a high mass transfer coefficient, the dispersion-free
solvent extraction (DFSX) mode was selected. The main
objective of carrying out this study is to improve the kinet-
ics of the whole system by employing LIX79+ TOPO as
extractant and to obtain a consistent and stable performance
under the experimental conditions studied. The results
obtained with the LIX79+ TOPO and LIX79 alone are
compared in order to justify the improvement in the system.
The overall mass transfer coefficients for extraction (KE

Au)
and stripping (KS

Au) of Au(I) were calculated. The sepa-
ration and recovery of gold in the presence of other metal
cyanide salts of Fe(II), Cu(I), Ni(II), Ag(I) and Zn(II) from
alkaline cyanide solutions using LIX79+ TOPO/n-heptane
is described in our earlier publication dealing with HF-
SLM mode[12]. In addition, the selectivity of Au(I) with
respect to Zn(II) and Ag(I) cyanide salts was found to be
improved[12]. A model is presented which describes the
extraction mechanism, indicating different rate-controlling
steps.

2. Experimental procedure

2.1. Reagents

A stock solution of Au(I) (5 g/l) was prepared from pure
solid KAu(CN)2 (Johnson Mattey Chemicals, Karlsruhe,
Germany) dissolved in NaCN (Merck). The organic solvent
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Table 1
Details of contactors and hollow fiber membrane

(a) Details of contactors
Type of module 5PCG-259 (contactor)
Number of fibers 10000
Module diameters (cm) 8
Module length (cm) 28
Active interfacial area (m2) 1.4

(b) Details of hollow fiber membrane
Fiber i.d. (cm) 24.0× 10−3

Fiber o.d. (cm) 30.0× 10−3

Fiber wall thickness (cm) 3.0× 10−3

Fiber length (cm) 15
Porosity (%) 30
Pore size (�m) 0.03
Polymeric material Polypropylene
Hydraulic diameter (cm) 0.1
Area per unit volume (cm2/cm3) 29.3

used in the DFMEX studies wasn-heptane, which is a
commercially available solvent. All chemicals were used
as received. LIX79 and Cyanex 921 (TOPO) were kindly
supplied free of charge by Henkel Corp. and Cytec Inc.,
Canada, respectively.

The hollow fiber module (HFM) is manufactured by
Hoechst Celanese, Charlotte, NC (Liqui-Cel, 8 cm× 28 cm
5PCG-259 contactor and 5PCS-1002 Liqui-Cel Laboratory
LLE) and details of contactors and hollow fiber membrane
specifications are given inTable 1a and b.

2.2. Partition coefficients of Au(I)

The procedure adopted to determine the partition coeffi-
cient of Au(I) is described elsewhere[12].

Fig. 1. A schematic view of the membrane-based extraction process of Au(I) from cyanide media using hollow fiber contactor. (1) Hollow fiber contactor;
(2, 3) organic extractant and feed; (4) feed and organic pump; (5, 6) inlet and outlet pressure gauge, respectively, for organic and feed; (7) flowmeters
for feed and organic.

2.3. Extraction equilibrium

The extraction of Au(I) by organic extractant LIX79+
TOPO dissolved inn-heptane has been studied and described
elsewhere[12,13]. The value of extraction constantKex for
Au(I) with LIX79 +TOPO was found to be(3.14±0.15)×
1013 [12,14].

2.4. Density and viscosity measurements

The density and viscosity of LIX79+ TOPO/n-heptane
solutions were measured in order to relate the Au(I) ex-
traction with their physical properties in the DFMEX
process. The viscosity was measured at 25± 1◦C using
a Cannon-Ubelhode semimicro 100 viscometer (Cannon
Instruments Co., USA) and densities were determined by
weighing a known volume of solution using a pycnometer.

2.5. DFMEX (with one module) setup

A schematic view of the membrane-based Au(I) extrac-
tion process (DFMEX) with LIX79+ TOPO/n-heptane us-
ing a hollow fiber contactor in recirculation mode is shown
in Fig. 1. The aqueous and organic phases were contacted
co-currently or counter-currently in a hollow fiber mod-
ule for extraction or stripping runs in recirculating mode.
In the extraction module, the feed aqueous phase flows
(4.16–15.27 cm3/s) through the lumen of the fibers, while
the organic phase circulates (4.16–8.33 cm3/s) through the
shell side, wetting the wall of the hydrophobic fibers. The
pressure in the aqueous phase was held 0.2–0.5 bar higher
than the pressure in the organic phase[15,16]. In the strip-
ping run, loaded organic extractant (LIX79+ TOPO with
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gold complex) flowed through the shell side (4.72 cm3/s),
whereas 0.1–0.4 M NaOH flowed through the tube side
(6.94 cm3/s) counter-currently in recirculation mode.

The organic phase is a 1000 ml solution of 0.125 mol/dm3

LIX79 + 0.125 mol/dm3 TOPO in n-heptane. A quan-
tity of 1000 ml of aqueous feed solution with the desired
concentration of Au(I) was prepared by taking a suitable
aliquot from the stock solution. Furthermore, the desired
feed pH was reached by adding 1 mol/dm3 NaOH solu-
tion. The Au(I) concentration in the feed was maintained
at 2.5 × 10−4 mol/dm3. The solution of 0.1–0.4 mol/dm3

NaOH was used as the stripping phase when back extrac-
tion of Au(I) was carried out in the hollow fiber module.
Small aliquots of the stripping stream and organic solu-
tion were taken at selected times for the analysis of metal
concentration by standard atomic absorption spectrometry
(2380 Perkin-Elmer Absorption Spectrometer).

2.6. IMP (with two module) setup

The integrated membrane process comprises two mem-
brane modules, one for extraction and the other one for
the back extraction (stripping) as well as a stirred tank for
the organic solution and two stirred tanks for the aque-
ous phases. The experimental setup for the metal separa-
tion experiments consists of two gear pumps capable of
flows of 1 l/min for the organic and BEX phases, pow-
ered by a variable speed dc motor, and a peristaltic pump
for the feed aqueous phase capable of flows of 1 l/min.
The organic phase wetted the porous wall of the fiber be-
cause of its hydrophobic nature. The interface was immo-
bilized at the pore by applying a higher pressure to the
aqueous stream than to the organic stream. The differen-
tial pressure was always kept below the breakthrough pres-
sure. In the aqueous phase the pressure was held 0.2–0.5 bar
higher than that in organic phase. A schematic view of the
membrane-based solvent extraction and stripping process
of Au(I) using two hollow fiber contactors in recirculation
mode is shown inFig. 1. The IMP operation was carried
out with LIX79 and LIX79+ TOPO/n-heptane by contact-
ing alkaline cyanide feed containing gold through tube side
and organic extractant through shell side which was recircu-
lated between extraction and stripping hollow fiber modules
though shell side in counter-current mode. In second HF
contactor, stripping solution (1 M NaOH) flowed through
tube side in counter-current mode.

The organic phase is a 1500 ml solution of 0.125 M
LIX79 + 0.125 M TOPO in n-heptane. One thousand
milliliters of aqueous feed solution of desired concentration
of Au(I) was prepared by taking suitable aliquot from the
stock solution. Further, desired feed pH was adjusted by
adding 0.4 M NaOH solution. The stripping solution, 0.4 M
NaOH, was used when back extraction of Au(I) was carried
out in hollow fiber module. At known times during the pro-
cedure, small aliquots of the feed stream (aqueous solution
for the extraction and organic solution for the stripping)

were taken and analyzed for metal concentration by stan-
dard atomic absorption spectrometry. Au(I) was stripped
with 1 M NaOH for analyzing gold in organic phase.

3. Theoretical background

3.1. Non-dispersive membrane extraction

The mechanism for extracting gold with LIX79+ TOPO
in the hollow fiber contactor is illustrated inFig. 2. The fol-
lowing assumptions were made when developing the model:
(i) the system is at steady state, (ii) pore size and wetting
characteristics are uniform throughout the membrane, (iii)
the curvature of the fluid–fluid interface does not signifi-
cantly affect the rate of mass transfer, the equilibrium solute
distribution or the interfacial area, (iv) no bulk flow correc-
tion is necessary, i.e. mass transfer is described adequately
by simple film-type mass transfer coefficients, (v) no solute
transport occurs through the non-porous parts of the mem-
brane, (vi) the two fluids are virtually insoluble in each other
and (vii) the equilibrium solute distribution is constant over
the concentration range of interest.

As derived by Dahron and coworkers[17a,b], the
key equation for the calculation ofKE

Au or KS
Au for

counter-current flow is:

ln

[
C0

e/s/H − C0
f

(C0
e/s/H − C0

f ) + (Vf /HVe/s)(C
0
f − Cf )

]

= t

[1 − exp((−4KE
AuVm/d)(1/Qf − 1/Qe/sH))]

× [1/Vf + 1/Ve/sH ]

(1/Qf ) − (1/Qe/s) exp[(−4KE
AuVm/d)

× (1/Qf − 1/Qe/sH)]

(1)

whereQf andQe/s are the feed and extract/strip flow rates,
Vf andVe/s the feed and extract/strip volumes,C0

f andC0
e/s

the concentrations of the solute in the feed and in the ex-
tract/strip solutions at a given instant(t = 0), Cf the con-
centration of the solute at the instantt, Vm the volume of all
the hollow fibers andd the internal diameter of one fiber.

4. Model development

In DFMEX and IMP, the system consists of an aqueous
phase containing Au(CN)2

− flowing through the tube side of
microporous hollow fiber membranes whose pores are filled
with the organic extractant (LIX79+TOPO/n-heptane), and
the organic extractant was flowing counter-currently through
the shell side (Fig. 1). The extraction reaction takes place at
the inside wall of the membrane where the phase interface is
located (Fig. 2). To determine the rate-controlling step, we
consider the commonly used hypothesis that the extraction
involves four sequential steps: effective rate of interfacial
reaction at the interface between two phases, mass transfer
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Fig. 2. (a) Extraction mechanism of gold cyanide with LIX79+ TOPO in single hollow fiber contactor and (b) stripping mechanism of gold cyanide
with LIX79 + TOPO in single hollow fiber contactor.

from the bulk aqueous feed to the inside surface of the hollow
fiber membrane, diffusion across the porous membrane itself
and mass transfer into the organic solution surrounding the
fiber. In the stripping module, gold complex from bulk of
organic (LIX79+ TOPO) phase is transferred first to the
membrane–strip interface at the pore mouth and finally to
the bulk aqueous stripping phase[18].

Assuming a resistance in the series model[16], the re-
ciprocal of the overall mass transfer coefficient is the to-
tal resistance to mass transfer and can be described as the
sum of the mass transfer resistances inside the fibers (feed
phase), across the fiber wall (membrane resistance) and out-
side the fibers (organic phase), and resistance caused by in-

terfacial reaction. Therefore, the expression for the overall
mass transfer coefficient,KE

Au, can be written as[19,20]

1

KE
Au

= 1

ki
+ 1

kf
+
(

di

dlm

)
1

kmH
+
(

di

Dh

)
1

ksH
(2)

The following expression takes into account the empirical
relations forkf andks, which depend on the hydrodynamics
of the feed and organic phases, respectively:

1

KE
Au

= 1

ki
+ 1

(Dt/di)(d
2
i υt/LDt)1/3

+
(

di

dlm

)
τtm

Kex[H+][Rorg][Sorg]3(Dmε)
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+
(

di

Dh

)
1

Kex[H+][Rorg][Sorg]3βL

× (υsDh/ηs)
0.6(ηs/Ds)

0.33(Ds/Dh)

(3)

where

1

ki
= 1

ke[H+][Rorg][Sorg]3
(4)

and H = Kex[H+][Rorg][Sorg]3, thus [H+][Rorg][Sorg]3 =
H /Kex.

After suitable substitution inEq. (4),

1

ki
= 1

ke[H/Kex]

andki is the effective rate of interfacial reaction at the sur-
face,kf , km andks the mass transfer coefficients in the aque-
ous feed, membrane and organic solvent, respectively, and
di , Dh anddlm the internal, external and logarithmic mean
fiber diameters, respectively.Eq. (4) was derived to esti-
mate the value ofki using a method similar to those found
in the literature[18,21,22]. The partition coefficient,H =
Kex[H+][Rorg][Sorg]3, appears in the membrane resistance,
because in our experiments the organic solvent wets the
membrane but water does not.

The overall mass transfer coefficient can be calculated
from the individual transfer coefficientski , kf , km and ks.
The tube and shell side mass transfer coefficients are known
to depend on the flow conditions in the fiber lumen and
shell fluid, respectively, and correlations are available in the
literature expressing these dependencies.

The flow through the fibers in the membrane modules
will always be laminar. For this reason, the individual mass
transfer coefficient for the tube side is dependent on the
mean flow velocityυf , according to Refs.[23–25]:

NSh = kf di

Dt
= 1.64

(
Dt

di

)(
d2

i υf

LDt

)1/3

(5)

This is the well-known Lév̂eque solution (only the constant
is changed to 1.62 inEq. (5)) applicable when the Graetz
number is large[20,26a–e]. Also, Eq. (5) overestimates
experimentally determined mass transfer coefficients at low
flows; this can be attributed to non-uniform flow caused by
polydispersity in hollow fiber diameter[26f]. To be precise,
the above correlation predicts mass transfer coefficients
with reasonable accuracy forNGz > 4 but overestimates
them for NGz < 4 [26a]. In the experimental conditions
described here,NGz ranges between 5.5 and 8.2. Also one
need to be very careful while applying Lévêque equation,
as flow of fluid in tube is considered to be laminar. Park
and Chang[26g] showed that tube side flow distribution is
non-uniform. Using high-speed photography and dye tracer
studies, these researchers determined that the distribution
depends on the inlet manifold type (cylindrical or conical),
manifold height, tube length, fiber inner diameter, shell di-

ameter, fiber packing density and Reynolds number. Nearly
uniform flow was achieved for certain shell and tube ge-
ometries with long manifolds at low Reynolds numbers;
however, non-uniform flow was the rule rather than the
exception.

Similarly, for the shell side mass transfer coefficient, the
following correlation has been given[17,23,27]:

NSh = ksDh

Ds
= β

[
Dh(1 − φ)

L

]
N0.6

ReN0.33
Sc (6)

whereNRe = υsDh/ηs, NSc = ηs/Ds, β = 5.85 for hy-
drophobic membranes, 0< NRe < 500 and 0.04 < φ < 0.4.
In this system both conditions are fulfilled, asNRe ranges
between 3.0 and 11.0 andφ = 0.35. Dh is the hydraulic di-
ameter,Dt the diffusion coefficient of the solute on the tube
side,di the inner fiber diameter,do the outer fiber diameter,
L the fiber length,Ds the diffusion coefficient of the solute
on the shell side, andυt andυs the velocities of the liquid
on the fiber side and shell side, respectively. An estimate of
the membrane mass transfer coefficient can be determined
by the following equation[28,29]:

km = Dmε

τ(do − di/2)
(7)

For the membrane and solvent considered here, membrane
thickness(tm) = 30�m; tortuosity(τ) = 3 (value obtained
from Celgard GmbH); diffusion coefficient of the gold com-
plex in the membrane(Dm) = 2.6 × 10−6 cm2/s [12]; ε =
0.30; andH = 36.9. The membrane tortuosity was also de-
termined by the Wakao–Smith relation, expressed as the in-
verse of the membrane porosity, which almost matches the
value suggested by Hoechst Celanese (now known as Cel-
gard GmbH)[30].

The membrane mass transfer coefficient does not depend
on the hydrodynamics; it is only related to the membrane
properties and to the diffusion coefficient of the solute in the
organic phase present in the pores.

5. Results and discussion

5.1. Gold cyanide–LIX79+ TOPO extraction system

The LIX79+ TOPO (4% (v/v) or 0.125 M each) system
was observed to enhance the kinetics of the system as in-
dicated inFigs. 3 and 4. The lower concentration of LIX79
(0.125 M) with TOPO (0.125 M) afforded a very promis-
ing performance as compared to 0.375 M of LIX79 alone
(Fig. 3). It took 300 s to extract more than 95% gold with
LIX79 + TOPO (0.125 M), whereas pure LIX79 (0.375 M)
(12% (v/v)) took 1860 s to reach the same percentage value
of gold extraction (Fig. 4). For this reason, more systematic
studies were planned in order to optimize the hydrody-
namic and chemical conditions and thus obtain an improved
methodology with LIX79+ TOPO. The diluent for this
DFSX system was selected on the basis of previous studies



A.K. Pabby et al. / Chemical Engineering Journal 100 (2004) 11–22 17

Fig. 3. Extraction (%) of gold cyanide using LIX79+ TOPO and LIX79
alone.

Fig. 4. Variations of gold cyanide concentration in feed as a function of
time for LIX79 + TOPO and LIX79 alone.

performed withn-heptane[3,4,11]. The physical properties
and equilibrium parameters required to calculate the mass
transfer coefficient are presented inTable 2. In the DFSX
technique, it is well established[2,3] that, in order to keep
the interface within the pores of a hydrophobic membrane,
it is necessary to maintain a higher local pressure in the
aqueous phase.Fig. 5 shows a typical plot of concentration
differences versus time as predicted byEq. (1) for extrac-
tion of Au(I) into LIX79 + TOPO. In this plot, the Au(I)
concentration varies semi-logarithmically with time. From
these plots, the overall mass transfer coefficient,KE

Au, can
be calculated. The results of these calculations are given in
Tables 3 and 6. The mass transfer coefficientsKE

Au for the
extraction varied from 1.7×10−6 to 6.9×10−6 cm/s.Table 3

Table 3
DFSX technique with single module in counter-current mode: mass transfer coefficients for extraction of Au(I) from aqueous alkaline cyanide media
with equimolar LIX79+ TOPO (0.125 M) and LIX79 (0.375 M) alone inn-heptane

Extractants [LIX79]= 0.375 M (mol/dm3) [LIX79 + TOPO]= 0.125 M (mol/dm3)

Qf (cm3/s) 6.94 15.27 6.94 15.27
Qe (cm3/s) 4.72 4.72 4.72 4.72
KE

Au 1.0 × 10−6 5.8 × 10−6 4.3 × 10−6 6.9 × 10−6

Extraction (%) 100 98 87 100

Table 2
Physical conditions and equilibrium parameters

Symbol Property Value

H Partition coefficient 36.9, 0.16a

Dm Pore liquid diffusivity (cm2/s) 2.6× 10−6

Ds Shell liquid diffusivity (cm2/s) 2.6× 10−5

Dt Aqueous diffusion coefficient
of Au(I) (cm2/s)

7.6 × 10−6

ηs Shell fluid viscosity (g/cm s) 4.31× 10−3, 3.87
× 10−3 b

Kex Extraction equilibrium constant (3.14± 0.15)×1013

ke Forward reaction rate constant
of Eq. (4) (cm/s)

9.7 × 1010

ki Effective rate of interfacial
reaction (cm/s)

7.9 × 10−7

a Partition coefficient for stripping.
b Viscosity of diluentn-heptane.

Fig. 5. Concentration courses of Au(I) (Y = LHS of Eq. (1)) extraction
obtained fromEq. (1) vs. time (t).

showsKE
Au values from alkaline cyanide media using LIX79

(0.375 M) alone and equimolar 0.125 M LIX79+ 0.125 M
TOPO in n-heptane under similar experimental conditions
at pH 10.3. TheKE

Au value was around four times higher
with an equimolar mixture of 0.125 M LIX79+ 0.125 M
TOPO than with LIX79/n-heptane alone. This is probably
due to the increased basicity of LIX79 as a result of the
addition of TOPO. Similar mechanism has been suggested
by Mooiman and Miller[9] while carrying out extraction
of Au(I) by modified amines with organophosphorous ex-
tractants. TOPO alone can also extract gold cyanide from
alkaline cyanide media by a solvation reaction mechanism
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Fig. 6. Variations of gold cyanide concentration in feed as a function
of time for different aqueous flow rate in counter-current mode using
LIX79 + TOPO/n-heptane.

(M+ · · · Au(CN)2 · Sn), as suggested by Mooiman and
Miller [9]. TheKE

Au value was found to be 2.1× 10−6 cm/s
with TOPO alone, whereas the value with LIX79 was 1.0×
10−6 cm/s. Interestingly, LIX79+ TOPO yielded a value of
KE

Au of 6.9×10−3 cm/s, which is around three times higher
than when TOPO was used alone and around seven times
more gold than when pure LIX79 was employed without the
addition of TOPO.

Variations of gold cyanide concentration in the feed as
a function of time for different aqueous feed flow rates in
counter-current mode are shown inFig. 6. The performance
of the extraction module was not good when the Reynolds
number was 2.2 or below. When the Reynolds number was
increased to 3.67, the performance started to improve, and
was observed to be best at Reynolds number 8.09.Table 4
andFig. 7 present the influence of linear flow velocity on
KE

Au; its values increased with linear flow velocity ranging
between 0.92 and 3.37 cm/s, and no further increase in flow
rates was checked. For example, when linear flow velocity
(υf ) was varied by a factor of 3, the overall mass transfer co-
efficient (KE

Au) increased by four times. The values ofkf cal-
culated theoretically fromEq. (5)were around two orders of
magnitude higher thanKE

Au. Hence, the feed resistance (1/kf )
does not dominate the overall mass transfer coefficient. In
earlier studies with Au(I)[3], Au(I) removal from the feed
phase was found to be faster in counter-current mode. There-
fore, all the studies were carried out in counter-current mode.

Fig. 8 depicts variations of gold cyanide concentration
in the feed as a function of time for different organic flow

Table 4
DFSX technique with single module in counter-current mode: mass transfer coefficients for extraction of Au(I) from aqueous alkaline cyanide media
with equimolar LIX79+ TOPO (0.125 M) inn-heptane as a function of aqueous flow rates

Experiment
number

Qe (cm3/s) Qf (cm3/s) υf (cm/s) Reynolds
number

KE
Au (×10−6 cm/s) kf calculated from

Eq. (5) (cm/s)
1/kf (S/cm)

1 4.72 4.16 0.92 2.20 1.7 2.9× 10−4 3.4 × 103

2 4.72 6.94 1.53 3.67 4.3 3.4× 10−4 2.9 × 103

3 4.72 15.27 3.37 8.09 6.9 6.0× 10−4 1.7 × 103

Fig. 7. Effect of feed flow rate on mass transfer coefficient of gold cyanide
with LIX79 + TOPO in extraction module in counter-current mode.

Fig. 8. Variations of gold cyanide concentration in feed as a function
of time for different organic flow rate in counter-current mode using
LIX79 + TOPO/n-heptane.

rates in counter-current mode. These data in the figure show
the effect of changing the shell side organic phase flow rate
and keeping the aqueous flow rate constant for equimolar
LIX79 + TOPO (0.125 M) inn-heptane. Module extraction
efficiency changed dramatically below Reynolds number=
9.0 and improved significantly when Reynolds number in-
creased from 18.3 to 22.7 (Table 5). This means that most
of the gold cyanide can be easily transferred into the or-
ganic phase through the interfacial reaction when the con-
centration of the LIX79 is in excess due to an increase in
the organic phase flow rate, since the aqueous inlet concen-
tration of gold is only 2.5× 10−4 mol/cm3 and the aqueous
stream flow rate,Qf , is around 11.1 cm3/s (υf = 2.5 cm/s).
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Table 5
DFSX technique with single module in counter-current mode: mass transfer coefficients for extraction of Au(I) from aqueous alkaline cyanide media
with equimolar LIX79+ TOPO (0.125 M) inn-heptane as a function of organic flow rates

Experiment
number

Qf (cm3/s) Qe (cm3/s) υf (cm/s) Reynolds
number

KE
Au (×10−6 cm/s) ks calculated from

Eq. (6) (cm/s)
1/ks (S/cm)

1 11.11 4.16 0.39 9.04 2.6 10.9× 10−5 9.1 × 103

2 11.11 6.94 0.79 18.33 4.3 15.6× 10−5 6.4 × 103

3 11.11 8.33 0.98 22.73 5.0 17.4× 10−5 5.7 × 103

Thus, the shell side resistance is negligible beyond an or-
ganic flow rate of 11.1 cm3/s. Fig. 9 depicts the effect of
the organic flow rate on the mass transfer coefficient as a
function of linear flow velocity in counter-current mode us-
ing LIX79 + TOPO/n-heptane. As indicated byEq. (6), the
organic mass transfer coefficient was expected to increase
with linear flow velocity (NRe = υd/η). The increasing
trend with linear flow velocity was observed up to around
1.00 cm/s and further high flow rates were not checked, as
results were quite promising with the applied flow rates of
organic solutions. The increase in the mass transfer coef-
ficient with flow rate was found particularly up to a point
(1.00 cm/s) and then flattened off indicating that resistance
in that particular phase was no longer controlling and that
the control had switched to a reaction mechanism.

The effect of pH variation was not investigated in this
study, as earlier work with LIX79+TOPO indicated that gold
extraction remained almost constant with increases in pH up
to 11 but decreased with a further increase in pH, i.e. 12[12].
This is probably due to the role played by hydrogen ions
in gold complex formation with the mixture of LIX79 and
TOPO, which is not favorable when the pH of the aqueous
solution reaches 12. The aqueous feed was deliberately set at
pH 10.3, considering that real hydrometallurgical solutions
have a pH between 10.0 and 10.5. Similarly, the effect of
NaCN with the LIX79+TOPO system revealed that gold ex-
traction remained constant when the concentration of NaCN
varied between 200 and 500 ppm. The cyanide concentration
studied in the working range did not cause any competition
with Au(CN)2

− [12]. Nevertheless, while performing gold

Fig. 9. Effect of organic flow rate on mass transfer coefficient as a
function of linear flow velocity in counter-current mode using LIX79+
TOPO/n-heptane.

recovery from a typical mine solution with LIX79, Viring
et al. reported that a very high concentration of NaCN can
compete with the gold and can result in a reduction in gold
recovery. The studies performed by our group with LIX79
alone (0.375 M) revealed that the concentration of LIX79
can be increased in order to mitigate the effect of increased
NaCN concentration competing with gold cyanide[13].

The first term inEq. (2) presents the local value of the
total resistance. This resistance is in turn the sum of the
mass transfer resistances inside the fiber, across the fiber
wall and in the solution surrounding the fiber. The value of
[R]org[H+]aq = θ is 10−16 to 10−18. The value ofki was
around 7.9×10−7 cm/s andks was between 10.9×10−5 and
17.4× 10−5 cm/s, whereaskm was about 8.66× 10−5 cm/s.
The value ofkf ranged between 2.9 and 6.0 × 10−4 cm/s.
Therefore, on the right hand side ofEq. (2), the first term is
around 1.3 × 106, the second term is around(2–3) × 103,
the third term is around 250 and the fourth term ranges from
37 to 60 S/cm. The overall resistance in the experiments
calculated fromEq. (1)was observed to be(2–6)×106 S/cm,
as compared to an overall resistance value of 1.2×106 S/cm
estimated from the model, which shows that the resistance
due to reaction at the interface is dominant at high flow rates
of extractant and feed. The second, third and fourth terms
are thus negligible. In this respect, the fractional resistance
of each step of the overall process,R0

m, R0
f , R

0
s andR0

i , can
be calculated; for example,R0

m can be calculated by the
following equation:

R0
m = Rm/(Ri + Rm + Rs + Rf ) (8)

whereRi , Rm, Rs andRf are mass transfer resistances due to
interfacial reaction, membrane, organic extractor and feed.
Under the experimental conditions studied, the values of
R0

m, R0
f , R

0
s andR0

i were 0.02, 0.27, 0.01 and 99.70%, re-
spectively. This clearly indicated that the rate-controlling
step was the interfacial reaction on the membrane surface.

The differences in the theoretical and the experimen-
tally observedNSh (mass transfer coefficient) andNRe
may be attributed to several causes. This could be due
to several reasons as explained by several researchers
[2–4,20,23,26g,31–36]. In hollow fiber contactor, the tube
side flow regime is likely to be laminar due to very small
lumen diameter. Otherwise, the pressure drop along the
fiber would be exceedingly high. In any such correlation
developed, the effects of any maldistribution of flow on the
tube side resulting from particular design of inlet and outlet
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headers are hidden[26g,32]. Similarly, the effects of any
fiber inlet crimping or fiber inlet plugging at the tube sheet
are unknown. On the other hand, hollow fiber modules usu-
ally exhibit channeling, bypassing and stagnant regions on
the shell side due to non-uniform distribution of the fibers
and its elongation by the use of organic solvents[33–35].
The hydrodynamics of the organic phase circulating in the
shell side will be affected by these deviations from ideal
flow, thus causing an incorrect evaluation of mass trans-
fer coefficient. This deviation could also be due to the
inaccuracy associated with evaluation of diffusion coeffi-
cient of solute in organic phase which is directly linked to
Eqs. (5)–(7). Therefore, inaccuracy in diffusion coefficient
values can result in significant deviation of mass transfer
coefficients[31].

5.2. Gold cyanide–LIX79 stripping system

Stripping was performed separately in a single module
by circulating loaded organic solution (LIX79+TOPO with
metal complex) on the shell side and NaOH solution on
the tube side. Linear plots were obtained fromEq. (1) for
the stripping of Au(I) from LIX79+ TOPO into aqueous
NaOH. Fig. 10 shows a typical plot of concentration dif-
ferences versus time as predicted byEq. (1) for the strip-
ping of Au(I) from LIX79 + TOPO–goldcyanide complex
by 0.4 M NaOH. The mass transfer coefficients for the strip-
ping (KS

Au) were calculated by multiplying with the reversed
partition coefficient (H), as the mass transfer driving force is
in the opposite direction to forward extraction. The overall
mass transfer coefficients (KS

Au) for stripping ranged from
0.43× 10−5 to 1.7 × 10−5 cm/s.Table 6shows that there
was a clear reduction in gold recovery when the concentra-
tion of NaOH was less than 0.4 M. This may be due to an
incomplete stripping reaction in the 0.1 M NaOH. There-
fore, NaOH concentration was raised to 0.4 M and stripping
(%) was around 100. The values ofKS

Au were found to be
of the same order of magnitude regardless of the contact-
ing mode (co-current or counter-current) for the stripping

Fig. 10. Concentration courses of Au(I) stripping obtained fromEq. (1)
vs. time (t) (Y = LHS of Eq. (1)).

Table 6
DFSX technique with single module in counter-current mode: mass trans-
fer coefficients for extraction of Au(I) from aqueous alkaline cyanide
media with equimolar LIX79+TOPO (0.125 M) inn-heptane as different
NaOH concentrations

Experiment
number

[NaOH]
(mol/dm3)

KE
Au (×10−5 cm/s) r2 Stripping

(%)

1 0.1 0.43 0.99 80
2 0.2 1.70 0.95 100

experiments. The rate of stripping reaction at the surface
was not considered in the stripping experiments. The re-
action is instantaneous and fast, which was also confirmed
when the overall mass transfer coefficient was estimated to
be of the same order as that predicted by the model using
kf , km andks without placingki term inEq. (9). Also, strip-
ping is taking place due to the shift of equilibrium which
takes place when pH of the solution is maintained between
13 and 14. In this pH range, there is no possible extrac-
tion reaction in stripping side. The most favorable extrac-
tion is taking place in pH range 9–10 due to protonation of
LIX79 (RH+).

The following equation could be used to calculate the
overall mass transfer coefficients for the stripping[31]:

1

KS
Au

= 1

ks
+ 1

km
+ 1

kstH
(9)

whereks, km, kst, H, 1/KS
Au, 1/ks, 1/km and 1/kstH are de-

fined in the list of notations. For gold extraction, the parti-
tion coefficient appears in the first and second terms, but it
does not for gold stripping. This occurs because of the wet-
ting situation for the membrane. The membrane is wetted
by the organic solvent in the case of gold extraction. More-
over, the solvent has a higher solubility for the solute. For
gold stripping, the membrane is also wetted by the organic
solvent, but in this case it is the solvent which has the lower
solubility for the solute[31].

Eq. (9) indicates that the overall resistance for stripping
is the sum of local values of the individual resistances. The
value ofks (precision given with a maximum of 10% error)
for the organic feed was around 10.9×10−5 cm/s (calculated
from Eq. (6)), whereaskm was around 8.66×10−5 cm/s (cal-
culated fromEq. (7)), as determined earlier for extraction
studies. The value ofkst was around 3.4 × 10−4 cm/s (cal-
culated fromEq. (5)). Therefore, on the right hand side of
Eq. (2), the first term is around 9.2 × 103 S/cm, the second
term is around 11.5× 103 S/cm and the third term is around
3.7×103 S/cm. The overall resistance in the experiments cal-
culated fromEq. (1)was observed to be 5.8× 104 S/cm, as
compared to the value of overall resistance, 2.4× 104 S/cm,
estimated from the model (Eq. (9)), which shows that the
resistance due to membrane and organic mass transfer is
dominant under the experimental conditions studied. In this
respect, the fractional resistances of each step in the over-
all process,R0

m, R0
s andR0

st, can be calculated; for example,
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R0
m can be calculated by the following equation:

R0
m = Rm/(Rs + Rm + Rst) (10)

whereRm, Rs andRst are the mass transfer resistances due
to membrane, organic extractant and aqueous strip. Under
these experimental conditions, the values ofR0

m, R0
s andR0

st
were 37.7, 47.3 and 15%, respectively. This clearly indi-
cates that the rate-controlling steps were in the membrane
and organic solution. The membrane resistance can be min-
imized if stripping is carried out in hollow fiber contactors
containing hydrophilic membranes.

No significant deviation of the mass transfer coefficients
was observed during extraction, as interfacial reaction was
dominant throughout the entire extraction process, and mass
transfer correlations were not of much use because the in-
fluence of the flow rate on mass transfer was negligible. On
the other hand, in the stripping experiments, this deviation
was more pronounced, as stripping is more influenced by the
organic flow rate on the shell side. This behavior could be
attributable to an irregular flow on the shell side caused by
the existence of stagnant zones, preferential pathways and
deficient mixing due to a non-uniform distribution of fibers
and to their possible deformation by the action of the or-
ganic solvent[33–35]. These effects are important mainly
when commercial modules are used, since the fibers are not
uniformly spaced. Also, the poor distribution of the shell
side flow due to the random packing of fibers in the module
bundle probably contributed to the inaccuracy of shell side
mass transfer coefficients, as observed by Rogers and Long
[36].

6. Conclusions

The mixture of LIX79+ TOPO affords a better perfor-
mance than LIX79 alone. Therefore, to obtain a high mass
transfer coefficient, the dispersion-free solvent extraction
mode was selected. The DFSX system with mixed reagent
improved the kinetics of the whole system by employing
LIX79+TOPO as extractant and a stable performance was
obtained. The results obtained with the LIX79+ TOPO and
LIX79 alone are compared in order to justify the improve-
ment in the system. The overall mass transfer coefficients for
extraction (KE

Au) and stripping (KS
Au) of Au(I) were calcu-

lated to be 6.9×10−6 cm/s and 1.7×10−5 cm/s, respectively.
The equimolar concentration of LIX79+ TOPO yielded the
value of KE

Au as 6.9 × 10−3 cm/s, which is around three
times more than when TOPO was used alone and around
seven times more gold than when pure LIX79 was employed
without the addition of TOPO. The following advantages
were noted with the DFSX system described here: (a) less
consumption of LIX79 extractant, (b) faster extraction and
stripping, (c) no interference from NaCN[12] and (d) no
pH dependency[12].

The separation and recovery of gold in the presence
of other metal cyanide salts of Fe(II), Cu(I), Ni(II),

Ag(I) and Zn(II) from alkaline cyanide solutions using
LIX79 + TOPO/n-heptane is not carried out in this study,
as this is already described in our earlier publication. The
selectivity of Au(I) with respect to Zn(II) and Ag(I) cyanide
salts was also found to be improved[12]. A model is
presented which describes the extraction mechanism, in-
dicating different rate-controlling steps. The mass transfer
resistance, which resulted from a chemical extraction reac-
tion at the surface, was observed to be dominant throughout
the entire extraction process, whereas the stripping reaction
was fast and instantaneous and the model clearly indicated
that the rate-controlling step in the stripping module was
in the membrane and the organic solution. The resistance
of the membrane can also be minimized if hydrophilic
membranes are used instead of hydrophobic membranes in
the stripping module. The validity of this model was eval-
uated with experimental data and found to tie in well with
theoretical values.
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